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Abstract 
Mass transfer studies are carried out in a bubble column with an internal diameter of 14 
cm and various static liquid heights. The mass transfer coefficient is evaluated by using an 
oxygen sorption method. A model considering the gas holdup flushing and the sensor response is 
used. The interfacial mass transfer area is determined according to the measured bubble size 
distribution. The liquid-side mass transfer coefficient is also estimated from the volumetric mass 
transfer coefficient and the interfacial mass transfer area found. Results show that the effect of 
static liquid height on gas-liquid mass transfer is primarily on the interfacial mass transfer area. 
The mass transfer process is also governed by the type of gas distributor used. A single nozzle 
distributor is not suitable for shallow bubble column operations due to the large initial bubbles 
and the large volume of dead zone generated. It is also found that the different dependence of the 
liquid-side mass transfer coefficient on the superficial gas velocity observed in the literatures is 
due to the different bubble rising regimes. 
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1. Introduction 
Bubble column reactors have wide range of industrial applications because of the simple 
design and excellent heat and mass transfer properties. Most traditional design of bubble column 
reactors favors a high height-to-diameter ratio (L/D) to allow system hydrodynamics to reach a 
fully developed state [1-5]. The gas distributor region is generally ignored in the scale-up 
considerations. However, a reduction in the L/D ratio can lower the bed pressure drop and fully 
utilize the high gas holdup resulting from the small bubbles generated in the distributor region. In 
fact, the shallow bed concept has been applied in many gas-solid operations [6-11], in which the 
bubbling processes in fluidized gas-solid mixtures are analogous to bubble column operations. 
Therefore, it is beneficial to explore the feasibility bubble column reactor operations with a low 
L/D ratio.  
There is limited study available on shallow bed reactors. Most of the studies available 
focus on the effect of gas distributor design on the performance of shallow bubble column [3, 12-
16]. However, there are mixed reports on the effect of static liquid height on bubble column 
performance. Gopal and Sharma [12] found that L/D ratio, column diameter and distributor 
design have no significant effect on gas holdup, interfacial mass transfer area, and liquid-side 
mass transfer coefficient in low L/D bubble columns. Kumar et al. [1] also found no effect of the 
static liquid height on the overall gas holdup while the local gas holdup increases with the axial 
distance from the distributor. Other researchers found a decrease in gas holdup with an increase 
in static liquid height [4, 17, 18].  
This study focuses on the mass transfer behavior in a bubble column with shallow liquid 
heights. Overall gas holdup (G), bubble size distribution and volumetric gas-liquid mass transfer 
coefficient (kLa) are measured under various conditions. The mass transfer behavior is 
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investigated in terms of interfacial mass transfer area (a) and liquid-side mass transfer coefficient 
(kL). Parameters such as superficial gas velocity (UG), liquid bed height to column diameter ratio 
(L/D), and gas distributor types are varied.  
 
 
2. Experimental 
2.1 Setup 
The schematic of the experimental setup is shown in Figure 1. The column is made of 
acrylic with a height of 150 cm and an internal diameter of 14 cm. Three types of gas 
distributors, namely, perforated plate, porous plate and single nozzle distributors are used. 
Perforated plate and porous plate distributors are two the most commonly used distributors in 
bubble column operations and single nozzle distributor can be considered as an extreme 
configuration of perforated plate (multi-nozzle) distributor. The perforated plate distributor has 
211 orifices. The orifices have a diameter of 3 mm configured in a triangular pitch pattern in a 
pitch distance of 9 mm. The porous plate distributor is made of nickel-chromium alloy with a 
thickness of 2 mm and a mean pore diameter of 0.6 mm. The single nozzle distributor has a 5.5 
mm diameter orifice located at the center of the distributor plate. The static liquid height is 
varied from L/D of 2 to 7.2. Tap water is used as the liquid phase while both air and nitrogen are 
used as the gas phase. The superficial gas velocity is varied from 3.2 cm/s to 10.8 cm/s. All the 
experiments are performed at a temperature of 25ºC and atmospheric pressure. A list of the 
experimental conditions including the gas distributors and L/Ds used together with the 
respectively UG range is shown in Table 1. 
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The gas-liquid mass transfer coefficient is measured by using a dynamic oxygen 
absorption method with a discontinuous switch from nitrogen to air. The oxygen concentration in 
the liquid phase is monitored by an optical fiber oxygen probe. The probe tip is coated with a dye 
that emits 600 nm fluorescence when it is excited by a 470 nm light source. The intensity of the 
fluorescence, measured by a spectrometer, is linearly proportional to the dissolved oxygen 
concentration in the liquid phase. A two-point calibration of the optical fiber oxygen probe is 
done by purging water with nitrogen and with air. The optical fiber oxygen probe is placed at 28 
cm (L/D = 2) above the distributor plate at the center of the column. For the absorption process, 
nitrogen is used to purge all the dissolved oxygen from water. When the dissolved oxygen 
concentration reaches zero, the nitrogen flow is stopped and immediately switched over to a 
preset air flow. The dissolved oxygen concentration is monitored throughout the process until it 
reaches a saturated steady state value.  
The bubble size is measured by using a high speed camera (i-Speed, Olympus, Tokyo, 
Japan) to capture the bubble images at various heights of the column at a frame rate of 600 Hz. 
As air bubbles in water tend of have elliptical shapes, the maximum dimensions of the elliptical 
bubbles are taken as the bubble size. A scale of 10 mm in length is placed on the inner surface of 
the bubble column to act as the reference scale for bubble size determination. The focus of the 
camera is set at 5 cm behind the column wall. Only in-focused bubble sizes are measured to 
prevent the inclusion of bubbles at the wall. The size measurement method has been verified 
with 15 spherical particles settling inside the bubble column and the average error is found to be 
less than 4.4%. For each operating condition, a minimum population size of 200 is used. The 
overall gas holdup is determined by using the bed expansion method.  
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2.2 Determination of kLa 
Assuming that the liquid is perfectly mixed and there are negligible changes in the 
oxygen concentration in the gas bubbles, the oxygen sorption process can be described by the 
following ordinary different equation (ODE):
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where CL is the oxygen concentration in the liquid phase, CG is oxygen concentration in the gas 
phase and H is the Henry’s Law constant. By solving Eq.(1) the expression of oxygen 
concentration in the liquid phase at various times can be obtained: 
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where the initial oxygen concentration in the liquid phase is assumed to be zero (i.e. CL(0)=0). 
However, at the discontinuous switch from nitrogen to oxygen, the gas bubbles in the bubble 
column is occupied by nitrogen [19, 20] and Eq. (1) does not consider the flushing process of the 
existing nitrogen gas bubbles with air bubbles in the system. To account for the flushing process, 
the gas phase can be considered in plug flow from the gas distributor and the liquid phase is 
well-mixed. The mass transfer in the gas phase can be described by the partial differential 
equation (PDE) as [20]:  
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In addition, the oxygen sensor has slight delay in measuring the oxygen concentration and this 
delay will also need to be considered. The relationship between the actual oxygen concentration 
in the liquid phase and the oxygen concentration measured by the sensor can be described by: 
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 sensorLsensor
sensor CCk
dt
dC
  (4) 
where ksensor is the time constant of the sensor and Csensor is the measured oxygen concentration. 
Since the height of the bed is shallow, the effect of dispersion can be neglected. 
  To solve the model including Eqs. (1), (3) and (4), the PDE (Eq. (3)) is first discretized in 
the one-dimensional space coordinate (z) into a set of ODEs using the method of lines. 
Subsequently, these ODEs are combined with Eqs. (1) and (4) and solved to obtain the time 
trajectory of CL, CG and Csensor. Based on the solver, the optimal model parameters, kLa and 
ksensor, are determined by minimizing the least-squares fitting errors between the model 
prediction and the oxygen concentration measured by the sensor. The model solver and the non-
linear least-squares optimization problem are implemented in Matlab. 
 
2.3 Determination of kL and a 
It is found that the bubble size distribution obtained can be described by a log-normal 
distribution. The log-normal distribution function can be expressed by:  
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The mean and variance of the bubble size can be determined by: 
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    1exp2exp 222    (7) 
 and  are determined by fitting Eq.(5) to the experimentally determined bubble size 
distribution using the least-squares method. The bubbles in an air-water system appear in a wide 
variety of shape. Based on experimental observation, it is assumed that all the bubbles have an 
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oblate spheroidal shape with an average major to minor axis ratio of 3. The volume and surface 
area of an oblate spheroid can be determined by the equations: 
yxV 2 
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respectively, where x is the length of the major axis and y is the length of the minor axis of the 
oblate spheroid. Therefore, for the observed average major to minor axis ratio of 3, yxb 3 . 
The volume of the bubbles can then be expressed as a function of the major axis only: 
3
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while the surface area of the bubbles as a function of major axis can be expressed as: 
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The interfacial mass transfer area, a, is defined as the ratio of total gas-liquid interfacial area to 
the volume of liquid in the reactor,  
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Substitute Eq (5) into Eq (8) and carry out the integration, a can then be obtained if  and  are 
known: 
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With the interfacial mass transfer area being determined, kL can then be decoupled from kLa.  
 
 
3. Results and discussion 
3.1 Comparison of kLa determination with and without the consideration of the sensor 
delay 
 A sample comparison of experimental data with and without considering the gas holdup 
flushing and sensor delay is shown in Figure 2. As shown in the figure, a much better fit to the 
experimental data can be done by taking into consideration both the gas holdup flushing and the 
sensor delay. A sample comparison of the kLa values determined with or without considering the 
sensor delay and the flushing of gas holdup is shown in Figure 3. It can be seen that there is a 
negligible difference to the kLa values at low UG. This is because the mass transfer process is 
slow and the gas holdup is small at low UG. The sensor will have enough time to reflect the 
actual oxygen concentration in the liquid phase. As UG is increased to about 11 cm/s, the 
difference between the kLa values determined with or without considering the gas holdup 
flushing and sensor delay becomes larger. It is important to include the gas holdup flushing and 
sensor delay at the evaluation of the experimental data for more accurate determination of kLa 
particularly at high UG. 
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3.2 Comparison to literature data 
 Additional verification of the experimental results is performed by comparing the 
experimental result in the current study to literature data under similar air–water systems [19, 21-
28]. Since there is limited literature data available for low L/D ratio conditions, only 
experimental results obtained at L/D ratio of 7.2 are used for comparison. It can be seen in 
Figure 4 that there is large deviation in mass transfer coefficient as well as gas holdup among the 
literature even for simple air–water system. The large deviation is partially due to the different 
gas distributors used, impurities present in the water or even a variation in the experimental 
temperatures among the literature studies. In particular, the kLa and G reported in Kojima et al. 
[23] are the lowest among the literature data due to the use of single nozzle distributor. It is 
found that the gas distributor design can affect G significantly [15, 19] while a difference of a 
few Celsius is sufficient to cause a substantial change in the kLa of the system [24]. Nonetheless, 
both kLa and G obtained in the current study is comparable to literature reported results.  
 
3.2 Effect of static liquid height 
 The gas holdup of the bed operated with the perforated plate distributor is determined 
with various static liquid heights expressed in L/D ratios and the result is shown in Figure 5. It 
can be seen that the gas holdup decreases with an increase of L/D ratio from 2 to 7.2. The small 
bubbles generated at the distributor are the main contributor to the higher gas holdup due to the 
large residence time of the slowly rising small bubbles. As the L/D ratio is increased, there is a 
longer travel distance for the small bubbles to continue rising through the liquid phase. 
Depending on the bubble concentration, bubble coalescences may occur and cause a reduction in 
the gas holdup as observed in the experiments. Eventually, the rates of bubble breakup and 
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coalescence reach equilibrium and the gas holdup is completely governed by the dynamics of the 
bubble-bubble interactions. Thus, it is beneficial to keep a shallow bed height to fully utilize the 
high gas holdup region near the gas distributor.  
 The volumetric mass transfer, kLa, for various static liquid heights is shown in Figure 6. 
The measured kLa values correlate well with the gas holdup results that an increase in L/D ratio 
reduces the kLa. It is believed that the effect of L/D ratio on kLa is more than just the difference 
in the gas holdup, but also the bubble dynamics and mixing between the gas and the liquid 
phases. The gas holdup is a combined representation of the bubble concentration and the bubble 
rise velocities. The gas holdup itself can only provide qualitative information on the mass 
transfer interfacial area. In fact, kLa consists of two separate terms, the liquid-side mass transfer 
coefficient, kL, and the interfacial mass transfer area, a. A more detailed analysis is needed to 
assess the two terms separately. The a value can be determined by Eq.(13) assuming that all the 
bubbles have an oblate spheroidal shape and an average major to minor axis ratio of 3. The 
bubble size distributions are measured at the same operating conditions as the kLa measurements 
and are assumed to follow a log-normal distribution. Figure 7 shows the effect of L/D ratio on a. 
It can be seen that an L/D of 2 gives the highest a while the a for L/D of 4, 5.6 and 7.2 are 
comparable. The difference in a among the various static liquid height is more apparent at large 
UG. An increase in UG directly affects the bubble concentration in the system. In this case, the 
presence of axial distance for the bubbles to interact is of utmost importance to the overall 
bubble dynamics, which in turn affects the interfacial mass transfer area of the system. The kL 
value can be determined by dividing the obtained kLa with a and the result is shown in Figure 8. 
The kL values are found to be fairly independent of both L/D and UG though some variations can 
be observed. Since the orifice size of the perforated plate is large, low pressure drop across the 
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distributor is present. The bubble formation process can generate substantial pressure fluctuation 
in the plenum [5, 29]. The variation in kL is likely due to the uneven distribution of bubbles 
caused by the substantial pressure fluctuation at the plenum. 
 
3.3 Effect of distributors 
For shallow bed operations, the mass transfer is extremely sensitive to the gas distributor 
design since the gas distributor governs the initial bubble size and the shallow bed height inhibits 
extensive bubble-bubble interactions. Three types of distributors are used in this study, namely 
the single nozzle, perforated plate and porous plate distributors. Though a low bed height allows 
a high gas holdup and a high kLa, a small L/D is more susceptible to foaming problem at the 
liquid surface. Thus, the effect of the gas distributor is studied at a L/D ratio of 4. The effect of 
the gas distributor on the gas holdup is shown in Figure 9. It can be seen that the single nozzle 
distributor gives the lowest gas holdup while the perforated plate and porous plate distributor 
yield similar gas holdups at all superficial gas velocities. A more detailed interpretation can be 
obtained based on the bubble size distributions of the three distributors shown in Figure 10. It 
can seen from Figure 10(c) that the single nozzle distributor generates extremely large initial 
bubbles due to the relatively large orifice size used. As gas velocity is increased, the shear-
induced bubble breakup allows the single nozzle distributor to generate smaller bubbles than that 
at low gas velocities. At a gas velocity of 8.7 cm/s, the bubble size distribution generated at the 
single nozzle distributor is approaching those generated at the perforated plate and the porous 
plate distributors though there is still a clear difference among the bubble size distributions. It is 
also noted that the single orifice forms an inverted conical shape bubble jet during bubble 
generation. A large dead zone volume is present under this bubble jet at the bottom of the bubble 
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column, and further deteriorates the performance of the single nozzle distributor. For these 
reasons, a lower gas holdup is observed with the single nozzle distributor compared to the 
perforated plate and the porous plate distributors.  
The effect of gas distributor on the volumetric mass transfer coefficient can be seen in 
Figure 11. The kLa for the single nozzle distributor is the lowest among the three gas distributors 
while the porous plate distributor is found to give the highest kLa. As expected for operations 
with shallow liquid height, there is insufficient axial distance for extensive bubble-bubble 
interactions. Essentially, the bubble column performance is completely governed by the initial 
bubble size. The interfacial mass transfer area for each distributor type can be found in Figure 
12. It is to note that a is governed by a combined effect of bubble size distribution as well as the 
gas holdup in the bubble column. Small bubbles in general have small bubble rise velocities and 
hence long residence time to give rise to high gas holdup. However, the low pressure wake 
regions large rising bubbles can cause small bubbles in the wake regions to rise at similar 
velocities of the large bubbles. The extent of the bubble–bubble interactions depends on the 
bubble concentrations which relates to the bubble size distribution as well as the gas flow rate. 
Therefore, the wide bubble size distribution generated at the single nozzle distributor gives rise 
to a considerably lower a than both the perforated plate distributor and the porous plate 
distributor. As shown in Figure 13, kL of single nozzle turns out to be the highest among the three 
gas distributors. This is coherent with the penetration theory that large bubbles will give rise to a 
shorter contact time between the gas and liquid phases, hence a higher kL [30]. As UG increases, 
the large bubbles formed at the single nozzle are sheared into smaller bubbles and the effect of 
the short contact time is diminishing. It is also noted that kL for perforated and porous plate is 
found to be essentially constant within the whole UG range in this study. A comparison of the 
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mass transfer study results in the literature indicates that there are mixed results reported 
regarding the dependence of kL on UG. Some researchers found kL to be independent of UG [31-
34]. Gopal and Sharma [35] found kL to decrease slightly with UG [12] while Lemoine et al. [35] 
and Mena et al. [36] found kL to increase with UG. Han and Al-Dahhan [19] found that kL 
increases with UG at low UG range but the increase in kL is not significant at high UG range. A 
summary of the conditions of the studies and their respectively bubble rise Reynolds number is 
shown in Table 2. The bubble rise Reynolds number, Reb is defined as:  
L
bbL du


bRe  (14)
 
where L is the liquid density, µL is the liquid viscosity, ub is the bubble rise velocity and db is the 
bubble diameter. The maximum Reb is estimated according to the size and rise velocity of the 
largest bubbles together with the fluid properties reported in the studies while the minimum Reb 
is estimated according to the smallest bubble size and rise velocity reported. Interestingly, it can 
be seen from the table that the two studies that reported an increasing trend of kL with UG have a 
lower range of the Reb. For the bubble rising behavior of an isolated spherical bubble, Reb of 2–
500 can be considered to be in intermediate regime where 
14.1
bb du  . Reb of 500–56000 would 
correspond to the bubble rising in the Newton regime where 
5.0
bb du  . The penetration theory 
states that kL is proportional to the square root of the contact time [30]. kL can be related to db 
based on the relationship between the contact time and bubble rising regime:  
005Re2for         b
0.57  bL dk  (15) 
000002Re500for      b
25.0  bL dk  (16) 
It is generally accepted that the db increases slightly with UG. Krishna et al. [37] proposed a 
correlation that db increases with UG
0.376
. kL is a very weak function of UG at high Reb. Therefore, 
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kL is observed to be independent of UG at high Reb and increases with UG at low Reb in various 
studies. Though the analysis is for isolated spherical bubble, the dependence is believed to be 
valid for multiple bubble rise conditions where bubble-bubble interactions and deformation of 
bubble boundaries are present.  
 
4. Concluding Remarks 
The volumetric gas-liquid mass transfer coefficient is determined using the oxygen 
sorption method in an air-water bubble column with shallow liquid heights. A consideration of 
the gas holdup flushing and sensor delay is needed due to the relatively short mass transfer 
process. The liquid-side mass transfer coefficient and interfacial mass transfer area are decoupled 
by considering the bubbles have an oblate spheroidal shape and an average major to minor axis 
ratio of 3.  Results show that the effect of the static liquid height on the mass transfer is primarily 
on the interfacial mass transfer area. A shallow liquid height suppresses bubble coalescence and 
breakup and results in a higher interfacial mass transfer area than a deep liquid height. The mass 
transfer process is also governed by the type of gas distributor used. The perforated plate and 
porous plate distributors show similar behavior while the single nozzle distributor yields 
significantly lower performance. Due to the large initial bubbles and the large volume of dead 
zone generated by the single nozzle distributor, the use of single nozzle distributor in the shallow 
bed operation should be avoided. A theoretical analysis of the bubble rising behavior indicates 
that the various dependence of liquid-side mass transfer coefficient on the superficial gas 
velocity observed in the literatures is governed by the bubble rising regimes.  
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Nomenclature 
 
a Interfacial mass transfer area per unit dispersion volume, m
2
/m
3
 
A Surface area, m
2
 
b Variable for bubble size, m 
CG Oxygen concentration in the gas phase, mol/m
3
 
CL Oxygen concentration in the liquid phase, mol/m
3
 
Csensor Oxygen concentration measured by oxygen sensor, mol/m
3
 
db Bubble diameter, m 
D Column diameter, m 
fN Number density function, dimensionless 
H Henry’s Law constant, dimensionless 
kL Liquid-side mass transfer coefficient, m/s 
ksensor Sensor delay constant, m/s 
L Static liquid height, m 
Reb Bubble Reynolds number, dimensionless 
t Time, s 
ub Bubble rise velocity, m/s 
UG Superficial gas velocity, m/s 
V Volume, m
3
  
x Dimension of major axis of oblate spheroid, m 
y Dimension of minor axis of oblate spheroid, m 
z Liquid height, m 
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Greek symbols 
 Variable used in log-normal distribution 
 Variable used in log-normal distribution 
G Gas holdup, dimensionless 
L Gas holdup, dimensionless 
µ Mean, m 
µL Liquid viscosity, Pa-s 
L Liquid density, kg/m
3
 
2 Variance, m2 
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Tables 
 
Table 1. A list of experimental conditions used 
 
Distributor used L/D used UG  range (cm/s) 
Perforated plate 2, 4, 5.6, 7.2 3.2 – 10.8 
Porous plate 4 3.2 – 10.8 
Single nozzle 4 3.2 – 10.8 
 
 
Table 2. Summary of bubble Reynolds numbers and the kL dependence on UG 
 
Source Liquid used Gas used Reb kL dependence on UG 
This work Tap water N2/Air 1300–18000 Independent of UG 
Han and Al-Dahhan, 
2007[19] 
Tap water N2/Air 10–18000 Increases with UG at low UG and 
approaching constant at high UG 
Lemoine et al., 
2004[35] 
Toluene and other 
organic mixtures 
N2/Air 100–1500 Increases with UG 
Vandu et al., 2004[38] Paraffin Oil N2/Air 3000–56000 Independent of UG 
Yang et al., 2001[34] Paraffin Oil CO/H2 3000–56000 Independent of UG 
Gopal and Sharma, 
1983[12] 
Dithionite Air 800–25000 Decreases slightly with UG 
Dewes et al., 1995[31] Ionic solution Air 2500–44000 Independent of UG 
Voyer and Miller, 
1968[33] 
NaOH/Water CO2 1000–15000 Independent of UG 
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Figure 1. Schematic diagram of the experimental setup. 
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Figure 2. Comparison of model fitting with and without consideration of gas holdup flushing and 
sensor delay at UG of 8.7 cm/s, L/D of 7.2 with a perforated plate distributor. 
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Figure 3. Comparison of kLa determined with and without consideration of gas holdup flushing 
and sensor delay at L/D of 4 with a perforated plate distributor. 
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(b) 
Figure 4. Comparison to literature data (a) kLa, (b) G 
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Figure 5. Effect of static liquid height to the gas holdup with a perforated plate distributor. 
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Figure 6. Effect of static liquid height to the volumetric mass transfer coefficient with a 
perforated plate distributor. 
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Figure 7. Effect static liquid height on the interfacial mass transfer area with a perforated plate 
distributor.  
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Figure 8. Effect of static liquid height on the liquid-side mass transfer coefficient with a 
perforated plate distributor. 
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Figure 9. Effect of gas distributor on the gas holdup at L/D of 4. 
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(c) 
Figure 10. Bubble size distributions at L/D of 4 (a) perforated plate distributor; (b) porous plate 
distributor; (c) single nozzle distributor 
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Figure 11. Effect of gas distributor on the volumetric mass transfer coefficient at L/D of 4. 
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Figure 12. Effect of gas distributor on the interfacial mass transfer area at L/D of 4. 
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Figure 13. Effect of gas distributor on the liquid-side mass transfer coefficient at L/D of 4. 
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